Background: In this study, we present the developments in modeling gas-phase catalyzed olefin polymerization fluidized bed reactors (FBR) using chromium catalyst technique. The model is based on the two-phase theory of gas-solid fluidization: bubble phase and emulsion phase. The model has proved to be the suitable model in many of past studies. In the proposed model, the bed is divided into several sequential sections. The effect of important reactor parameters such as superficial gas velocity, catalyst injection rate, catalyst particle growth, and minimum fluidization velocity on the dynamic behavior of the FBR has been discussed. The conversion of product in a fluidized bed reactor is investigated and compared with the actual data from the plant site.
Background
The fluidized bed reactor has a unique physical design, with gas and polymer particles flowing in opposite directions. It consists of metallic catalyst particles that are fluidized by the flow of ethylene gas, and catalyst particles (pre-polymer) are suspended in the ethylene fluid as ethylene gas is pumped from the bottom of the reactor bed to the top. The gas is fed from the base of the reactor and splits into two phases: bubble phase and emulsion phase. Pre-polymer particles are fed in near the top of the reactor, and while the polymerization reaction occurs, the particles grow, increasing in weight and size. Particle segregation occurs in the reactor according to particle weight, so the full-grown polymer particles are removed at the base of the reactor. Nonreacted gases leave the reactor after passing through the disengagement zone [1] . Pre-polymerization is generally carried out in continuous stirred-tank reactors (CSTR) located before the fluidized bed reactor. Catalyst particles are fed into the CSTR along with ethylene and co-monomers to yield pre-polymer. Afterwards, these pre-polymerized catalyst particles are fed into the FBR to complete the ethylene polymerization. A diagram of the industrial fluidized bed reactor system using a CSTR as the pre-polymerization reactor is shown in Figure 1 [2] . In effect, the catalyst is not actually consumed; it is simply incorporated with the polyethylene product as polyethylene molecules remain stuck to the catalyst particle from which they were produced.
The conversion of ethylene is low for a single pass through the reactor, and it is necessary to recycle the unreacted ethylene. Unreacted ethylene gas is removed off the top of the reactor, where it is expanded and decompressed to separate the catalyst and low molecular weight polymer from the gas. After purification, ethylene gas is then recompressed and recycled back into the reactor. Granular polyethylene is gradually removed from the bottom of the reactor as soon as reasonable conversions have been achieved. Typically, a residence time of 3 to 5 h results in a 97% conversion of ethylene.
The flow in the fluidized bed reactor can be mathematically modeled using mole balances [1] .
An accurate model describing the movement of gas/ solid and pressure distribution around a rising bubble was then proposed by Davidson and Harrison [3] .This model describes the gas flow through a three dimensional fluidized bed mainly in spherical or semi-spherical shape bubbles through the core; however, depending on the emulsion gas velocity, the region around the bubble may be surrounded by a cloud as a result of emulsion gas circulation between the dense solid phase and the core of the bubble.
Choi and Ray [4] proposed a two-phase model including bubble and emulsion phases with constant bubble size. McAuley et al. [5] proposed a single phase model by modifying Ray's model with additional assumptions. In a comparison between the two models, they have shown that the single phase assumption does not make considerable difference in the results obtained from the models. Hatzantonis et al. [6] in a research work developed the two-phase model by considering the bubble growth effect on hydrodynamic behavior of the reactor and have shown that the developed model has a better agreement with industrial data than single-phase and two-phase models with constant bubble size. Grosso and Chiovetta [7] studied the particle size distribution in the output stream of commercial, fluidized bed reactors for ethylene polymerization using the mathematical model. In another work, Kiashemshaki et al. [8] developed the two-phase model by considering the polymerization reaction not only in the emulsion phase but also in the bubble phase. They have indicated that about 20% of the polymerization reaction occurs in the bubble phase.
Vahidi and Shahrokhi [9] studied the dynamic behavior and control of a fluidized bed reactor for polyethylene production. It has been shown that the control system has satisfactory performances either for set point tracking or load rejection. Hamzehei [10] studied the heat transfer of a poly ethylene fluidized bed reactor without reaction experimentally and computationally at different superficial gas velocities.
The advantage of the present work over the previous ones is that it considered major factors that affect the fluidized bed reactor model, like the bubble size, particle size distribution, and catalyst properties in dynamic simulation of the reactor in order to obtain better understanding of the reactor performance. In the present study, a FBR model is developed to be able to predict the main factors affecting the ethylene conversion. Simulation results indicate that this strategy promotes the control performance considerably.
Methods

Model assumptions
The model assumes the following:
1 The reactor operates at a steady state, under uniform temperature. 2 The reactor is in isothermal operation. 3 The gas flows in plug flow, with gas interchange between phases. 4 The bed is axially divided into N compartments, each one consisting of the bubble, cloud, and emulsion phases. 5 Bubbles grow continuously along the reactor height from their initial diameter until they reach the maximum stable bubble diameter.
6 The bed volume fraction occupied by bubbles and emulsion depends on the flow regime and changes along the reactor height. 7 Solid entrainment and carryover are taken into account by the model. However, particle agglomeration and breakage are not considered. Butene-1 8 Bed voidage is constant from the distributor until H mf and is equal to 0.5.
Model development Minimum fluidizing velocity
The superficial gas velocity at minimum fluidization conditions is calculated from the correlations gives by Kunii and Levenspiel [11] :
Ar ¼
Re mf ¼ 33:
where viscosity of the gas mixture is given by the following relation [12] :
Bubble growth equations
Bubble growth diameter at corresponding bed height is calculated by the correlation given by Wen and Fan [13] .
Initial bubble diameter forms near the distributor calculated from the correlations given by Kunii and Levenspiel [11] :
The Mori and Wen [14] relation is used to obtain the maximum bubble diameter:
Kunii and Levenspiel [11] correlation is used to calculate the bubble rising velocity:
The relative fraction of the bubble phase for the ith compartment is given by Kunii and Levenspiel [11] :
The average bubble fraction calculated from the correlations given by Cui et al. (2000) [15] :
Kobayashi et al. [16] correlation is used to calculate the number of bubbles:
where the U br is given by the correlation of Grace [17] :
Compartment height
Consider the following equations for the compartment height:
where
The total compartment height is calculated using the following equation:
Height at minimum fluidizing conditions
Height at minimum fluidizing conditions is calculated by the correlation given by McAuley et al. [5] .
Maximum bubble diameter
Haider and Levenspiel [18] correlation is used to calculate the terminal falling velocity:
Diffusion of ethylene
Specchia et al. [19] correlation is used to calculate the self diffusion of ethylene:
Mass transfer coefficient
Mass transfer coefficient is calculated by the correlation gives by Kunii and Levenspiel [20] .
Bed voidage
Bed voidage is calculated by the correlation given by Wen and Fan [13] :
Particle size distribution of polymer Grosso and Chiovetta [7] give a correlation to calculate the particle size distribution of the polymer and for the catalyst feed particles:
For
The flow rate of solids of all sizes removed from the bed
The flow rate of solids of all sizes removed from the bed by the gas flow is calculated by Geldart [21]:
where the elutriation constant is calculated as following:
Kunii and Levenspiel [11] correlation is used to calculate the weight of solids in the bed:
The ethylene polymerization rate
The ethylene polymerization rate was adopted based on the model used by Choi and Ray [4] and McAuley et al. [5] :
P b dp ð Þ d dp ð Þ ð11aÞ
Material balance around the Nth compartment Tanaka [22] has given a correlation for the material balance around the nth compartment:
McAuley et al. [5] have given a correlation to calculate the volume of the compartment phases:
The population balance
The population balance is based on a mass balance for particles of size between d p and
, as presented by Kunii and Levenspiel [11, 20] .
Yong et al.
[23] have given a correlation for rate of the increase in particle diameter: dp ð Þ ¼ d dp
The overall mass balance is calculated as:
Conversion of ethylene
Kunii and Levenspiel [11] correlation is used to calculate the conversion of ethylene:
Results and discussion
Validation analysis
The validation was carried out using the process reported in BP Chemicals [24] .The data used in the validation from SidiKerir Petrochemicals Company for the product HD 5502 GA (Alexandria, Egypt) [25] are shown in Table 1 . The results of the validation simulations are shown in the data analysis.
Data analysis
The various states of the effect of different variables on the ethylene single-pass conversion have been studied for the following characteristics:
The effects of superficial gas velocity Industrial fluidized bed polyethylene reactors are operated at superficial gas velocities ranging from three to six times the minimum fluidization velocity [26] . The major effect of an increase in the superficial velocity, U g , is a reduction in the time required for a given quantity of gas to pass through the bed. Figure 2 shows the effect of the superficial gas velocity on the percent ethylene conversion. It shows that high gas velocities reduce the conversion of monomer per pass through the reactor and can lead to a greater elutriation of small particles from the bed. Also, the actual ethylene conversion is in the same trend with the chart. Elutriated particles are prevented from passing out from the reactor and into the gas recycle system using a velocity reduction zone at the top of the reactor, where entrained particles are given the opportunity to drop back into the bed. Particle return may also be aided by a cyclone [26] .
The effect of bed height
The simulation shows that there is a highly active reaction zone in the top of the reactor; the ethylene conversion decreases by increasing the bed height. It is clear from Figure 3 that single-pass ethylene conversion decreased with increasing bed height. This trend is similar to that found by Fernando and Lona [2] . According to the parametric study of the system, this situation can be avoided by controlling the gas feed velocity. In terms of polyethylene production, it can be enhanced by decreasing the gas feed velocity. Figure 4 shows the effect of the catalyst feed rate on the ethylene conversion. It indicates that as the catalyst feed rate increases, the ethylene conversion and particle distribution increase and lead to higher polymerization rates [23] . Figure 5 shows that as Ug decreases from 6U mf to 3U mf , the safe regime, in which the reactor can be operated without a danger of particle melting, decreases accordingly. High gas velocities are required to reduce the risk of particle melting, agglomeration, and subsequent reactor shutdown. However, high gas velocities reduce the conversion of monomer per pass through the reactor and can lead to greater elutriation of small particles from the bed. Elutriated particles are prevented from passing out from the reactor and into the gas recycle system using a velocity reduction zone at the top of the reactor where entrained particles are given the opportunity to drop back into the bed. Particle return may also be aided by a cyclone [26] . Figure 6 shows the effects of catalyst feed rate and bubble size on the single-pass conversion of ethylene. As expected, higher catalyst feed rates lead to higher polymerization rates and to higher conversion. The effects of bubble size on conversion are less obvious. Smaller bubbles have a lower velocity through the bed compared with larger bubbles. As a result, smaller bubbles lead to a larger bubble fraction, δ, in the bed Figure 4 Effect of initial catalyst size on the particle size distribution in the bed.
The effect of feed catalyst properties
and to a reduction in the volume of the emulsion phase for a given expanded bed height. Therefore, the residence time for both the solid phase and the catalyst decreases with decreasing bubble size, reducing the quantity of catalyst in the reactor for a given catalyst feed rate. This reduction in the quantity of catalyst tends to reduce R p , the rate of polymerization, thereby reducing the rate of heat generation in the emulsion phase.
Ethylene conversion Figure 7 shows a comparison between the calculated conversion and the actual conversion. Good agreement has been observed between the model predictions and the actual plant data. It has been shown that about 0.28% difference between the calculated and actual conversion has been achieved.
Operating variables for sensitivity analysis Figure 8 shows the sensitivity analysis of the mathematical model using multiplication factors of (0.5, 1, and 1.5) for the variables affected the model. Regarding to catalyst particle diameter, decreasing its value will increase tremendously the single-pass ethylene conversion (by about 4,000 fold); on the other hand, increasing catalyst particle diameter at 50% will decrease the singlepass ethylene conversion to about 0.5% of its original value. Regarding the superficial gas velocity on increasing this value, the single-pass ethylene conversion will decrease. This is understandable since the contact time decreases. From the result shown, it is clear that the single-pass ethylene conversion is not sensitive to change in superficial gas velocity but highly sensitive to catalyst particle diameter. Also, regarding the effect of the total number of compartment, it is clear that increasing total number of compartment in the bed leads to the increase of single pass ethylene conversion. This can be attributed to the increase in the number of compartment in the bed which results in better segregation of the polymer product. It is in accordance with the study results of McAuley et al. [5] . On the other hand, increasing the bed voidage increases the single-pass ethylene conversion. This can be attributed to the increase in bed voidage which would increase the contact surface.
Experimental
The model was solved using Microsoft Excel. The model equations were for the operating conditions shown in Table 1 , and the fluidized bed reactor was divided into ten compartments. Each compartment consists of two phases: bubble phase and emulsion phase.
Conclusions
The mathematical model based on the two-phase theory of gas phase fluidization has been developed. The results show that high gas velocities reduce the conversion of monomer per pass through the reactor. The single-pass ethylene conversion decreased with increasing bed height. The ethylene conversion increases as the catalyst feed rate and particle distribution increase. The model has been validated and has shown a good agreement with the actual plant data. The model indicates that the single-pass ethylene conversion is sensitive to catalyst particle diameter, number of compartment, and bed voidage, but change in superficial gas velocity has no significant effect on the model. ); C Ain : Ethylene inlet concentration (mol m −3 ); C ei : Monomer concentration in emulsion phase ith compartment (mol m −3 ); d p : Polymer average particle size(m); d p * : Dimensionless particle size; dp min : Minimum particle diameter (m); dp max : Maximum particle diameter (m); d po : Catalyst particle size (m); 
